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a b s t r a c t

Two main scales of mixing can be considered inside a stirred tank: macromixing and micromixing.
Macromixing is related to the tank size circulation and is responsible for bubble motion, surface aera-
tion and tank homogenization. Meanwhile, micromixing is related to the small liquid eddies, responsible
for the concentration gradients surrounding the bubbles, and it prevails around the impeller. Experimen-
eywords:
acromixing
icromixing
ixing time

urbulence

tal results and empirical equations are used and proposed to unveil the contribution of both mechanisms
to the volumetric mass transfer coefficient, kLa. A model has been proposed to predict a mean kLa as a
combination of both mechanisms. In case of consumption of oxygen due to chemical reactions, micromix-
ing plays a dominant role. However, only by considering the macromixing contribution to the total kLa is
it possible to explain the scale up problems traditionally reported for stirred tanks due to the important
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effect that the hydrodynam

. Introduction

Mass transfer from a gas phase dispersed into a liquid phase
s a widely spread phenomenon in chemical engineering in order
o provide several components to the liquid phase. Inside contact
quipment, the dispersion of the gas phase is achieved by means of
pargers and/or using impellers.

Inside a stirred tank different scales of mixing are present,
nd there are regions where one of the scales of mixing prevails,
acromixing or micromixing. Many studies have been accom-

lished to unveil those regions using different techniques, studying
hemical reactions taking place in a stirred tank and the dispersion
f concentration in the tank, namely, the intensity of segregation
1–17].

Micromixing prevails near the impeller, where small eddies
efine the velocity gradients surrounding the bubbles. Since,
ccording to Kolmogorov’s theory, the power per unit volume deter-
ines the energy and size of the eddies, it has traditionally been

sed in the design and scale up of equipment [3,7–9,11,14].
Macromixing prevails surrounding the micromixing region. It
etermines the internal homogenization, the movement of bub-
les across the reactor and the flow pattern in which the turbulent
ddies are tank-sized. Then, the contribution of the surface aera-
ion of a tank as well as the effect of the geometry of the impeller

∗ Corresponding author. Tel.: +34 923294479; fax: +34 923294574.
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nd the tank to the mass transfer depend on this scale of mixing
1,3,7–10].

Since in a multiphase reactor, the mass transfer rate between
hases depends on the concentration gradients surrounding the
ubbles [6,11,18], on the liquid mixing in the tank [1,14–17,19], and
n the kinetics of the reaction, consequently, both scales of mixing
ust be considered.
The contribution of each scale depends on the internal geomet-

ic configuration of the tank. It is widely accepted that stirring and
as flow rate improve the macromixing in the tank. However, this
act does not guarantee an improvement in micromixing, which can
e achieved by feeding the reactant close to the impeller [1,14,17].

Theoretical equations for predicting the volumetric mass trans-
er coefficient, kLa, are traditionally based on the study of the
urbulent eddies surrounding the bubbles using the isotropic tur-
ulence theory of Kolmogorov [20,21]. Precisely, Kolmogorov’s
heory models micromixing.

However, this theory does not consider the dispersed phase and
ts effect on the mixing. The gas phase not only modifies the power
nput, [22,23], but it can also reduce the effective contact area if the
ispersion generated is not appropriately scattered, [24], increasing
he mixing time, [25]. Moreover, tank geometry and scale up affect
he empirical coefficient k of the empirical equations for the design

f stirred tanks [26]. As a result, the study of liquid turbulence can-
ot entirely explain the mass transport phenomenon because it is

ocused on the eddies, without considering the gas phase.
Another effect to be considered in the modellization of multi-

hase systems is the case of chemical reactions taking place in the

http://www.sciencedirect.com/science/journal/13858947
mailto:mariano.m3@usal.es
dx.doi.org/10.1016/j.cej.2008.04.019
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Nomenclature

a specific area (m−1)
B number of blades of the turbine
D tank diameter (m)
Do orifice diameter (m)
Dab diffusivity (m2 s)
g gravity (m s−2)
h position of the impeller over the plate (m)
Hf reactor height (m)
J width of the baffles (m)
k, K constants
kL mass transfer coefficient in the liquid phase (m s−1)
kLa volumetric mass transfer coefficient (s−1)
Ksensor sensor constant (s−1)
L length of the blades (m)
n number of turbines
N impeller speed (s−1)
Po1 individual power number
Po power number
P power input (W)
Pg aerated power input (W)
Qc gas flow rate (m3 s−1)
R number of baffles in the reactor
t time (s)
T impeller diameter (m)
Ti width of the blade (m)
u velocity of turbulence (m s−1)
uG superficial gas velocity (m s−1)
U∞ rising velocity of the bubble (m s−1)
V tank volume (m3)
W width of the blade (m)

Greek symbols
˛ and ˇ empirical coefficients with respect to the power

input and the gas flow rate respectively
� fraction of the tank where the macromixing prevails
ε power input per unit mass (W kg−1)
� length of turbulence (m)
� dynamic viscosity (Pa s)
� kinematic viscosity (m2 s−1)
� liquid density (kg m−3)
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iquid bulk consuming the dissolved gas. Thus, there is an increment
n the effective kLa [25]. Several equations have been proposed
o predict the enhancement factor as function of the kinetics of
he reaction [28,29]. This factor multiplies the effects of the vari-
bles that determine the liquid film resistance such as the physical
roperties of the phases, the transport properties, etc., and so kLa.

Therefore, the aim of this work is to explain the effect of the
mpeller type, dispersion device and configuration and scale up on
La, based on the contribution of the mixing scales present in the
ank. In order to do so, different single impellers have been used to
valuate the contribution of both scales as a result of the particular
ow pattern developed by each one and their effect on the bubbles.
urthermore, combinations of two or three impellers in standard

aboratory scale or pilot plant bioreactors have also been considered
o study the effect of different geometrical configurations on the
ontribution of both scales of mixing as well as on the effect of
cale up. These configurations are the most efficient for gas–liquid
ontact [26]. To explain the contribution of both scales to kLa, an
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xpression for kL in macromixing conditions as well as a model to
redict the mean kLa as function of the regions of the tank where
ne of the scales of mixing prevails has been proposed based on
he models of network of zones used by many authors, Funahashi,
ienow, Alves, Mann [1,5,6,8,12–17,30–36].

. Theoretical considerations

Based on the available theories and models for mass transfer
ates in stirred tanks, due to Funahashi et al. [1], Kawase and Moo-
oung [20] and Barabash and Belevitskaya [37], an expression for
he liquid film resistance has been proposed in order to account
or the effect of the movement of the bubbles across the tank as
ell as the contribution of the surface aeration which are related

o the macromixing scale. Kawase’s equation is used to determine
he contribution of the micromixing to the total kLa.

.1. Micromixing contact time

The effect of the turbulent eddies developed by the flow on the
elocity profiles and thus on the concentration profiles surrounding
he bubbles can be studied through Higbie’s theory [38].

Higbie’s theory provides an expression for the liquid film coef-
cient. According to it, kL depends on the turbulence intensity
xpressed as dissipated energy as long as the surface removal is
uicker than in the case of bubbles rising under potential flow, Eq.
1)

L = 2√



√
Dab

t
(1)

Kawase and Moo-Young [20] proposed that the contact time
etween phases, t, could be considered as the ratio between the

ength of turbulence (�) and the turbulent velocity (u) defined by
he Kolmogorov’s theory of isotropic turbulence. Both magnitudes
haracterize the turbulent flow developed in the stirred tank.

=
(

�3

ε

)1/4

(2)

= (�ε)1/4 (3)

The input power per unit mass is considered as that given by the
mpeller. For a Newtonian medium, the expression obtained is Eq.
4), [20]:

L = 2√



√
Dab

(
ε�

�

)1/4
(4)

In order to predict kLa, not only the liquid phase resistance to
he mass transfer is needed, but also the contact area between
hases. The specific area is calculated using the empirical equation
f Calderbank [39].

= 1.44

[
(Pg/V)0.4�0.2

	0.6

](
uG

U∞

)0.5
(5)

.2. Macromixing contact time

Inside a stirred tank, the presence of an impeller generates a
attern of energy dissipated which leads to different mechanisms of
ass transfer [1,3,5,6,11]. As a result, the bubbles have no constant
xposition time, as Dankwerts had proposed [39]. Therefore, not
nly the micromixing scale exposed by Kawase and Moo-Young [20]
as its contribution to kLa, but also the macromixing.

The contribution of macromixing to kLa was proposed by
unahashi et al. [1] accounting for the fact that the region near
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he impeller is governed by the micromixing scale, meanwhile
acromixing prevails surrounding the micromixing region.
Furthermore, one of the most unpredictable problems in scale

p is the effect of the geometry of the impeller, the baffles, etc. on
he mass transfer rate. This effect is related to the macromixing.
he flow pattern developed in the tank depends on the geome-
ry of each tank and impeller and is responsible for bubble motion
nd for the contribution of the superficial aeration. Bubbles can be
ragged throughout the tank following the flow pattern developed

nside due to the impeller. During this movement, the liquid phase
urrounding the bubble changes, which can be somehow quanti-
ed by the mixing time [1]. This consideration resembles the one

or bubble columns in which the contact time is the time a bubble
akes to move along its diameter [38]. Additionally, the tank size
ortexes are responsible for the renewal of the gas–liquid surface.

So, in Higbie’s theory, instead of using the turbulent contact
ime given by the isotropic turbulence, the contact time will be
onsidered as the mixing time. It is proposed that kL be written as
ollows:

L = 2√



√
Dab

�
(6)

The mixing time is a well known concept. However, there is no
heoretical equation to calculate it due to geometrical difficulties.
evertheless, several well tested equations with theoretical basis

turbulence theory) and experimentally verified are available, like
he one proposed by Nienow [19].

= 5.9
(

T

D

)−1/3
ε−1/3D2/3 (7)

Although the equation has been obtained for one single impeller
n non aerated conditions, it is claimed that can be used for aer-
ted systems by correcting the power input [40–42]. Therefore, the
naerated power input must be modified to take into account the
ffect of the gas on the impeller by equations like the one given by
ugmark [22]:

Pg

P
= 0.1

(
N2T4

gWV2/3

)−1/5(
Qc

NV

)−1/4

(8)

Furthermore, in the case of working with multiple impellers, not
nly the same power relationship between the mixing time and the
ower input has experimentally been found as in Eq. (7) [43,44]
ut also Cooke et al. [45] found a similar expression as Eq. (7) for
ual impeller systems. Others pointed out that Eq. (7) provides the
inimum mixing time [46] for systems with multiple impellers.
In general, the effect of the multiple impellers is the reduc-

ion in the amount of zoning in the tank [47]. Thus, more complex
quations for predicting the mixing time for multiple impellers
ave been proposed in the literature to account for the geomet-
ical characteristics of the tank and the position of the impellers

48]. However, the number of adjustable parameters, up to six, and
he theoretical basis of Nienow’s equation backs its use. More accu-
ate models of the contribution of both scales can be obtained using
FD methods to determine the macro and the micromixing times

n further studies.
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able 1
eometrical characteristics of BIOSTAT C®

olume (L) D (m) Hf (m) T (m) Baffles J (m) Turbin

0 0.21 0.44 0.084 4 0.02 3
g Journal 145 (2008) 232–241

.3. Other effects on the volumetric mass transfer coefficient

The consumption of oxygen in the bulk mass by a chemical reac-
ion modifies the mass transfer resistance in the liquid side. In order
o cope with this effect, an enhancement factor has traditionally
een proposed. This factor depends on the kinetics of the reaction.
everal authors have developed theoretical expressions for this fac-
or depending on the working system [28,29]. The measured kLa
ncludes this effect.

The differences in the surface tension near the interphase, due
o the mass transfer, also modify the contact time [49,50]. As a
esult, the mass transfer is enhanced by convective motion, which
odifies the velocities at the interphase. But, at the same time,

he convective motion is limited by the macroscopic flow inside
he tank [51]. This also supports the fact that both scales of mixing

ust be considered.

. Experimental method

.1. Experimental setup

.1.1. Pilot plant reactor
A pilot plant scale bioreactor, BIOSTAT C® was used to deter-

ine kLa in a standard geometry for the air–water system. The
eometrical characteristics of the reactor can be seen in Table 1.

The power number for Rushton turbines is calculated using the
quation proposed by Richards [52]:

o1 = 336.5
(

W

D

)(
L

D

)1.5( J

D

)0.3(B

6

)0.56(R

4

)0.4
(9)

Since the separation between turbines yields between 1.5 and 2
imes the turbine diameter, the total power number can be calcu-
ated using [52]:

o = nPo1 (10)

here n is the number of turbines. The total unaerated power can
e calculated using Eq. (11):

= Po�N3T5 (11)

The control loop of the BIOSTAT C® was fixed in order to
ork at 20 ◦C with deionized water (� = 998 kg/m3, 	 = 0.073 N/m,
= 1.037 × 10−3 Pa s).
One of the most important problems in chemical engineering is

cale up. In the case of stirred tanks, it is known that using constant
ower input at laboratory and industrial size, the impeller speed
ecreases while scaling up. So, in order to evaluate the contribution
f the different scales of mixing on kLa during the scale up of a
rocess, low rotational speeds are used, from 50 to 200 min−1. The
ow rates have been used from 1.5 × 10−5 m3/s to 1 × 10−4 m3/s.

Furthermore, in this way, the experimental range of impeller
peeds used by other authors [26] is widened.

In addition, Table 2 shows the coefficients obtained by fitting

he experimental values of kLa to Eq. (12) for the air–water system
y Linek et al. [53] and Arjunwadkar et al. [54]

La = k
(

Pg

V

)˛

uˇ
G (12)

es Blades/Turbine L (m) W (m) WBaffle (m) Do (m)

6 0.024 0.017 0.014 0.001
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Table 2
Empirical equations and characteristics

k ˛ ˇ Operation conditions Impeller Po
*

[53] 4.95 × 10−3 0.593 0.4 D = 0.29 m, uG: 2.12–4.24 mm/s, N = 4.17–14.17 rps Rushton 6 blades 5
[ –3.3 m

*
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54] 2.04 × 10−3 0.68 0.58 D = 0.18 m, uG: 0.98

[61,62].

hat will also be used in this study to compare the effect of different
onfigurations on the contribution of the macro and micromixing
cales.

.1.2. Non standard tank
In order to determine the effect of the position of the impellers

nd that of the impeller geometry on the governing scale of
ixing, the data from a previous work Martin et al. [24] were

sed. The tank used for obtaining them consisted of a prism of
15 cm × 15 cm × 15 cm laser sealed made of glass. A gas cham-

er is located in the base of the tank 5 cm × 5 cm × 5 cm divided
nto two with a top chamber 2 cm × 2 cm × 2 cm in which the
ispersion device was fixed. The first dispersion device is a one-
oled perforated plate of 2 mm of diameter, the other, instead of
ne orifice, it has two orifices, each of 2 mm of diameter, with
separation between both of 6 mm in order to avoid coales-

ence.
Deionized water (20 ◦C, � = 998 kg/m3, 	 = 0.073 N/m,

= 1.037 × 10−3 Pa s), was desoxygenated by means of a nitro-
en flow rate. Three different air flow rates were used for
ach dispersion device, 0.6 × 10−6 m3/s, 1.4 × 10−6 m3/s and
.8 × 10−6 m3/s for the one-holed dispersion device and,
.3 × 10−6 m3/s, 0.6 × 10−6 m3/s and 1.4 × 10−6 m3/s due to
etup limitations for the dispersion device with two holes.
igger gas flow rates overwhelmed the seal of the gas cham-
ers.

Five different impellers, standard ones like a Rushton turbine
r a propeller, and non standard ones, like different pitched blade
urbines or a modified blade, were located at 3 vertical positions
0.02 m, 0.035 m and 0.05 m). Furthermore, 2-bladed, 3-bladed at
20◦ and 4-bladed impellers, were used to study the effect of the
umber of blades on the mass transfer rate. Their diameter is
cm and the height of the blades is 0.7 cm. The one-hole disper-

ion device and h = 0.02 m were used, along with gas flow rates of
.6 × 10−6 m3/s, 1.4 × 10−6 m3/s and 2.8 × 10−6 m3/s, and the same
otational speeds as exposed above.

Three rotational speeds, 180 rpm, 280 rpm and 430 rpm were
sed for all these impellers.

The liquid working volume consists of the volume of the whole
ank up to 8 cm above the dispersion device. The effect of the gas
hase on the liquid surface represents the effect of the volume of
as inside a closed stirred tank. Further description of the impellers,
heir power numbers, etc. can be found in the same previous work
24].

.2. Electrode response time

kLa is measured using the dynamic method which avoids the use
f surfactants responsible for modifying the coalescence behaviour
f the system. The only problem can be the response time of the

lectrode.

Therefore, a two resistance model was used to model the elec-
rode, taking into consideration the resistance of the membrane
f the electrode. The model can be seen elsewhere [55–57]. The
xperimental value for Ksensor is 0.230 s−1.

b
o
e
t
t

m/s, N = 6.6–12.5 rps Disk turbine, pitched blade turbine 5 + 1.27

. Results and discussion

First, the effect of the geometry of the impellers and the tank,
nd the gas flow rate on the contribution of macro and micromix-
ng scales to kLa was evaluated for a system with no consumption
f oxygen in the liquid phase, the air–water system. Then, the con-
umption of oxygen by the media on the prevailing mass transfer
echanism was evaluated.
In order to study the effect of the gas phase on the mass transfer

echanism, kLa is going to be plotted versus the ratio P/V. So that,
or a known P, with the power number of the impeller configura-
ion, it is possible to determine the rotational speed needed for the
alculation of Pg/P in Eq. (5). Thus, kLa can be calculated through
mpirical equations.

In the case of the air–water system, without consumption of oxy-
en by the media, Fig. 1 shows the comparison of the effect of both
echanisms on the mass transfer for the systems used by Linek et

l. [53] and Arjunwadkar et al. [54]. For low gas flow rates, the main
ass transfer mechanism depends on the configuration of the reac-

or and the impellers used. The impeller configuration determines
he fraction of the tank where either macro or micromixing pre-
ails. However, the empirical values from both authors come close
o each other with the increment in the superficial gas velocity.
his can be explained based on the fact that the increment in the
as flow rate favors the mixing inside the tank [14,17]. Furthermore,
he empirical results are always within the predicted values in case
f the macromixing or the micromixing.

Now that the effect of geometry on the contribution of both
cales of mixing to kLa has been proved, the effect of the scale up
n the prevailing scale is going to be analyzed. The experimental
esults obtained in the BIOSTAT C® for the air–water system were
orrelated to Eq. (13).

La = 0.001
(

Pg

V

)0.37

(uG)0.54 (13)

The comparison between the experimental values of kLa and the
alculated ones using Eq. (13) can be seen in Fig. 2. Good agreement
s shown.

If a figure based on the same principles as Fig. 1 is developed,
ig. 3, it can be seen that the dominant mechanism is macromix-
ng. The low turbulence and the small effect of the impeller on
he bubbles due to the low rotational speed do not allow a high
ubble break up. The deformability of the bubbles, mainly due to
he macroscopic flow inside the tank, is the main mass transfer

echanism since it is responsible for the contact area and for the
oncentration profiles surrounding the bubbles. Therefore, it can be
oncluded that if scale up is not made carefully, the mass transfer
ate in the tank can decrease.

The effect of different configurations on the contribution of
he micro and macromixing to kLa is based on the different flow
atterns developed by the impellers as well as the interactions

etween impellers. Therefore, to explain the effect of the geometry
f the impellers on the contribution of the scales of mixing and the
ffect of bubble size, giving a deeper knowledge of the phenomena,
he experimental results of Martin et al. [58] for the eight types of
he impellers (pitched blades turbines, modified blades, Rushton
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Fig. 1. Macro and microm

urbine, propeller and 2-, 3- and 4-bladed turbines), are going to be
sed.

Figures like Figs. 1 and 3 are prepared for all the impellers
nd dispersion devices under consideration [58], the effect of both

cales of mixing can be studied. Figs. 4 and 5 plot the experimen-
al kLa for just two of the impellers, the Rushton turbine and the
ropeller, versus power input including kLa calculated using Eq.
4) (micromixing) and Eq. (6) (macromixing) for different gas flow

ig. 2. Comparison between the experimental results obtained using BIOSTAT C®

nd the fitted ones.
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effects on mass transfer.

ates and dispersion devices (one-holed and two-holed perforated
lates).

In both Figs. 4 and 5 it can be seen that the experimental kLa
urned out to lay within the values predicted by the macromixing

echanism and those predicted by the micromixing mechanism.
his was true for all the other impellers (not shown).

Furthermore, there are several considerations to point out. If the
mpeller is located near the dispersion device, the micromixing is
mproved in agreement with the results reported by Fournier et
l. [11], Lin and Lee [14] and Assirelli et al. [17]. This fact can be
ue to bubble break up, which modifies the concentration profile
urrounding the bubbles during bubble deformation previous to
reakage and, once the bubble has broken into parts, the oscilla-
ion of the resulting bubbles looking for a stable shape according
o its new size also plays an important role on the velocity and
oncentration profiles defining kLa for each bubble.

In spite of the general conclusion exposed in the previous para-
raph, there are cases where the lowest position of the impeller,
he closest to the dispersion device, do not improve micromix-
ng. That is the case of the dispersion device of two orifices. This
ffect can also be seen in Figs. 4 and 5. For this case, the bubbles
enerated are not big enough to be broken. Therefore, the direct
ffect of the impellers on the bubbles is smaller and bubble size
llows them to follow the flow pattern defined by each impeller. As
result, the location of the impeller does not define kLa since bub-
le movement across the tank has an important contribution to the
otal kLa.
The relative position between the impeller and the dispersion
evice also has a small effect on kLa in case the bubbles gener-
ted at the orifices are retained at the impeller’s blades for a while
efore the discharge. Impeller geometry has a lot to do with this
act since the physical effect helps break and disperse the bubbles.
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Fig. 3. Effect of the scale up on the contribution of macro and micromixing.

Fig. 4. Effect of the impeller and the dispersion device on the contribution of the macro and micromixing on mass transfer: Rushton turbine.
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For the propeller, the flow field generated reveals a region below
the blades of low pressure where bubbles remain, see Fig. 12 Martin
et al. [24]. Since bubbles remain there, even for a higher position of
the impeller, the effect of the impeller on the bubbles is the same no
Fig. 5. Effect of the impeller and the dispersion device on the co

s can be seen in Fig. 12 of a previous work [24], for the case of
he Ruston turbine and the Pitched bladed turbine b, bubbles are
nder the influence of the impeller before their breakage and dis-
ersion across the tank. However, for impellers 1 and 2, (pitched
lade turbine a and a modified blade) the geometry of the blades
llows certain bubbles to bypass the impeller.

In order to explain the facts exposed in the previous paragraph,
t is important to study the generation of bubble dispersions for the
ifferent impellers and the rising paths of the bubbles. The rising
ath of the bubbles depends on the flow pattern developed for each

mpeller and it is directly related to the geometry of the blades [24].
In general, N > 180 rpm is needed for good dispersions. How-

ver, this critical impeller speed depends on the geometry of the
lades [24]. In the case of the modified blade (Impeller 2 [24]) N
hould be bigger than 280 rpm because the anchor type geometry
eads the bubbles along preferential paths which makes difficult
good dispersion if radial velocity is not really high. Therefore, if

he impeller is located higher, the rising path of the bubbles can
ead them away from the blades or parallel to the impeller shaft; so
hat bubbles bypass the impeller unbroken and tank-sized eddies
etermine their motion and the gas–liquid contact. Even for big-
er impeller speeds, certain big bubbles can avoid the effect of the
mpeller. This is also the case of impeller 1, a pitched blade turbine

ith sharp but narrow blades [24]. The blades cannot gather the

ubbles which rise in zig-zag due to the flow pattern developed by
his impeller and the contribution of the drag and buoyancy forces
o the movement of the bubbles. If the bubbles are not cut and/or
ise close to the impeller shaft, they will bypass the impeller unbro-
en. Bubbles can avoid the impeller blades easier if the impeller

F
i

tion of the macro and micromixing on mass transfer: propeller.

s located higher. As a result, bubble dispersions are poorer than
xpected and macromixing plays a bigger role.
ig. 6. Combined effect of micro and macromixing on mass transfer for several
mpeller configurations.
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Table 3
Effect of the impeller and the dispersion device on the fraction of the tank where macromixing prevails

Impeller h (cm) Perforated plate Impeller h (cm) Perforated plate

1 Orifice 2 Orifices 1 Orifice 2 Orifices

1 2 0.61 0.63 4 2 0.46 0.43
3.5 0.70 0.71 3.5 0.50 0.43
5 0.75 0.75 5 0.55 0.50

2 2 0.57 0.50 5 2 0.53 0.35
3.5 0.52 0.55 3.5 0.55 0.37
5 0.60 0.60 5 0.55 0.40
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t
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n
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d
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2 0.56 0.50
3.5 0.60 0.47
5 0.65 0.50

atter where it is located within the experimental conditions, see
ig. 5. Bubbles are not homogeneously dispersed across the tank.
ven though most of these impellers will rarely be used for indus-
rial operation, it is interesting to include them in a comparative
tudy for generate understanding on gas–liquid contact.

Furthermore, if any impeller is located at the highest of the
hree positions, it is common that the macromixing contribution
ncreases. Bubble motion in the tank and its deformation together

ith surface aeration have a more important role in kLa, as it can be
een in Figs. 4 and 5. In this case, the removal of the surface of the
ank in contact with the atmosphere also increases its contribution
o the total kLa. This fact is controlled by the macromixing in the
ank too.
The effect of the number of blades on the contribution of
he macro and micromixing to kLa has been studied using three
mpellers, with 2, 3 and 4 blades geometrically identical. It turned
ut that no clear contribution was obtained. There is an increment
n the circulation and the contribution of the surface aeration, that

c

o
a
r

Fig. 7. Macro and micromixing effects in a
6 (2 Blades) 2 0.50 –
6 (3 Blades) 2 0.53 –
6 (4 Blades) 2 0.53 –

s macromixing contribution but, at the same time, the higher num-
er of blades will also increase the break up and so the micromixing
ontribution.

In Figs. 1, 3–5, the experimental and empirical results lay within
he values predicted by the macro and the micromixing. Therefore,
nd based on the results exposed by Funahashi et al. [1] and the
etwork of zones models for stirred tanks [30–36], it is possible to
efine kLa as that given by the contribution of each scale of mixing
epending on the region where each of them prevails:

n(kLa) = ((1 − �)Ln(kLaMicromixing) + (�)Ln(kLaMacromixing)) (14)

is defined as the fraction of the tank where macromixing prevails
nd depends on the type of impeller or impellers and the internal

onfiguration of the tank [1,15,17].

Eq. (14) is able to fit the experimental results with the effects
f the macro and micromixing on the mass transfer for Linek et
l. [53] and Arjunwadkar et al. [54], with � equal to 0.72 and 0.12,
espectively. Fig. 6 shows the comparison between the experimen-

system with oxygen consumption.
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Table 4
Volumetric mass transport coefficients under oxygen consumption conditions

k ˛ ˇ Operating
conditions

Impeller type
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[

[

[

[

[

[

59] 8.8 × 10−2 0.4 0.46
BIOSTAT C® 3 Rushton turbines60] 2.4 × 10−2 0.54 0.47

al values of kLa and those obtained using Eq. (14). Good agreement
s found using the calculated values of �. In case of the data from
IOSTAT C®

, Fig. 3, � was equal to 1.
In Table 3 the results of � from fitting the experimental results

btained using the non standard tank [58] to Eq. (14) are shown.
The above exposed conclusions regarding the effect of the

ubble size and impeller (blade geometry and position) on the con-
ribution of macro and micromixing on kLa can be also obtained
rom the analysis of the fitting coefficients seen in Table 3.

If there is consumption of oxygen in the bulk phase, the enhance-
ent in mass transfer increases the value of the proportional

onstant in the empirical equations for kLa, [27].
Montes et al. [59] and Sánchez [60] studied the mass trans-

er rates during the growth of Trigonopsis Variabilis and Bacilus
icheniformis respectively using a BIOSTAT C®. The empirical fit-
ing coefficients of the experimental data to Eq. (12) can be seen in
able 4.

If a figure in the form of 1 or 3 is prepared using the experi-
ental data form Montes et al. [59] and Sánchez [60], Fig. 7, it can

e seen that the experimental kLa values are close to the ones pre-
icted by the micromixing mechanism. The consumption of oxygen
y the media increases the measured kLa since the equilibrium in
he gas–liquid interphase has been displaced as oxygen disappears
onsumed in the liquid phase. That consumption increases the con-
entration gradients surrounding the bubbles and so, enhances
ass transfer. The concentration gradients surrounding the bub-

les depend on the kinetics of the reaction. In order to explain and
odel the effect of a chemical reaction in the tank, an enhance-
ent factor has traditionally been included multiplying the total

La [25].
If the values of kLa are fitted to Eq. (14) the � is 0 and 0.003 for

he Montes et al. [59] and Sánchez [60] results respectively.
Comparing Figs. 1 and 7, it can be concluded that, apart from

he differences in the liquid phase, the consumption of oxygen
ncreases the term related to the liquid film resistance as an
nhancement factor [27]. Therefore, it can be considered that both
ontributions (that of micromixing and that of macromixing) are
nhanced. Furthermore, micromixing cannot explain the effect of
he geometry of the system, which is one of the problems in equip-

ent scale up.

. Conclusions

Mass transfer in stirred tanks can be explained by coupling the
ffects of the two most important scales of mixing inside it, the
icromixing scale and the macromixing scale. Each mixing scale

as a particular effect on the mass transfer rate.
Macromixing accounts for the geometrical configuration of the

eactor, where the scaled up problems are focused. It determines
he deformation of the bubbles and its path across the reactor as
ell as the contribution of the surface aeration.
Micromixing takes into consideration the small eddies respon-
ible for the concentration gradients surrounding. Bubble break up
ncreases the contribution of the micromixing scale to the total kLa.

In absence of consumption of gas in the liquid phase, both mech-
nisms are important. However, the enhancement in the mass

[

[

g Journal 145 (2008) 232–241

ransfer due to the consumption of oxygen in the media results
n mass transfer values close to those given by the micromixing

echanisms.
Using the scale up strategy based on constant power input

educes the impeller speed. According to the results shown, this
trategy increases the contribution of the macromixing to kLa.
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